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Dynamic Modeling of Slurry Bubble Column Reactors

Novica Rados," Muthanna H. Al-Dahhan,* and Milorad P. Dudukovi¢

Chemical Reaction Engineering Laboratory, Washington University in St. Louis, Campus Box 1198,
One Brookings Drive, St. Louis, Missouri 63130-3899

The multicomponent, one-dimensional, and compartment-based dynamic model developed by
Rados et al. (Catal. Today 2003, 79—80, 211—218) has been used to study the performance of
slurry bubble columns operated with two chemical reaction systems. One reaction causes
contraction in the gas-phase volume, and the other causes expansion. The change in the gas
flow rate (expansion or contraction) along the reactor as a result of the chemical reaction kinetics
is accounted for by the overall mass balance of the gas phase represented by large and small
bubbles. The importance of properly accounting for the change in the gas flow rate has been
demonstrated. The backmixing in the three compartments of the model (small bubbles, large
bubbles, and slurry) is accounted for by the axial dispersion model. The effects of operating
conditions and reactor dimensions on the slurry bubble column performance have been evaluated.
A detailed analysis of the role of backmixing on the performance of the Fischer—Tropsch synthesis
(contraction of the gas phase) has been conducted by varying the axial dispersion coefficient (E)

of the three phases between ideal plug flow (E = 0) and completely mixed flow (E = ).

1. Introduction

Slurry bubble column (SBC) reactors are the reactors
of choice for various processes in the chemical and
biochemical industries [oxidation, hydrogenation, chlo-
rination, alkylation, polymerization, and methanol and
Fischer—Tropsch (FT) synthesis].1=3 SBCs are cylindri-
cal vessels in which gas reactants are sparged through
a slurry of small catalyst particles in a mixture of liquid
products, dissolved reactants, and often inert sub-
stances. Despite their simple construction, their design
and scale-up are still quite uncertain because of the not
yet fully understood complex interaction among the
phases (gas, liquid, and solids).

SBC reactors offer several advantages, such as nearly
isothermal operation, good interphase contacting, large
catalyst area, good productivity, operational flexibility,
low pressure drop, and low construction and operational
costs. However, disadvantages of the slurry reactors are
significant backmixing, difficult separation of solids and
liquid, and uncertain scale-up. Because their advantages
often overcome the disadvantages, SBCs are the pre-
ferred type of reactor for numerous processes, particu-
larly highly exothermic ones, when efficient interphase
contacting is needed and when significant phase back-
mixing is not detrimental to the operation.

In three-phase gas—liquid—solids (G—L—S) slurry
systems, the suspension of solids in liquid is usually
modeled as a single pseudo-homogeneous slurry phase
(SL). Within the slurry phase, the solids velocity is
assumed to be equal to the liquid velocity. Hence, SBC
reactors are most often modeled as two-phase gas—
slurry (G—SL) systems. Given the fairly small size of
the solid particles that are typically used in SBC
reactors (mean size below 50 um), the pseudo slurry
assumption is probably reasonable.

* To whom correspondence should be addressed. Tel.: +1
(314) 935-7187. Fax: +1(314) 935-4832. E-mail: muthanna@
seas.wustl.edu.

T Current address: ExxonMobil Research and Engineering,
3225 Gallows Road, Room 8A 1730, Fairfax, VA 22037-0001.
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Most of the models assume a uniform concentration
of the solids throughout the reactor. Following the work
of Kato et al.,* some models calculate the solids axial
concentration profile using the sedimentation and dis-
persion model (SDM)>¢ or the mechanistic model.” These
models have shown that, despite the small size of the
solids, the axial profile of the solids concentration in the
slurry may not be flat. The shape of the axial profile
strongly depends on the slurry system properties and
the operating conditions. In batch slurry operation, the
catalyst concentration is highest at the bottom of the
column and exponentially decreases with height. Cata-
lyst axial profiles in the co- and countercurrent modes
of operation strongly depend on the direction and
magnitude of the slurry inlet velocity.5

Large-scale SBC reactors operate either in the bubbly
(homogeneous) flow regime or in the churn-turbulent
(heterogeneous) flow regime. In the bubbly flow regime,
the gas phase is usually modeled as a single phase
consisting of uniform size bubbles.®® However, in churn-
turbulent flow, a full spectrum of different bubble sizes
and shapes exists. On the basis of experimental obser-
vations and measurements in the churn-turbulent
regime, the bubble population has been divided into two
broad classes: large and small bubbles.!%1l Large
bubbles rise straight up through the column without
recirculation. Because of their lower rise velocity, small
bubbles circulate within the column before eventually
disengaging at the top.

The two-bubble-class approach has been used by
Maretto and Krishna,'? van der Laan et al.,!3 and
de Swart!* in modeling the FT SBC. Cross-flow (CF)
interaction between the small and large bubbles
either is neglected!® or is modeled as infinite, forcing
the same composition in both bubble classes.'® Both of
these approaches are limiting cases, whereas the
physical extent of interaction between small (SB) and
large bubble (LB) phases would be somewhere in
between.

Backmixing within the phases either has been mod-
eled as infinite (complete mixing, i.e., continuous stirred
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tank, CST, representation) or has been completely ne-
glected (plug-flow, PF, representation). Because the ma-
jority of industrial reactors operate with a finite amount
of backmixing, nonideal flow models that account for
the finite amount of phase backmixing are more ap-
propriate for modeling of real reactor systems. These
models fall into two broad groups: axial dispersion
models (ADMs)816.17 or multicell models (MCMs).18-21
The MCM model was found to be computationally much
faster and numerically more stable than the ADM
model, particularly in the case of steep solution profiles.

However, most of the published SBC models are for
steady-state operation. The dynamics of process transi-
tions (start-up, shutdown, and change in the set points)
are extremely complex and in industry are dealt with
by heuristics rather than reliable simulation predic-
tions. Therefore, there is a large need for dynamic
models that can accurately model process transitions.
In 2002, de Swart and Krishna?2 proposed a simplified
dynamic slurry reactor-scale model. The model assumes
a linear relationship between the gas flow rate and the
conversion, which represents a limitation in its applica-
tion. Additionally, their model does not account for the
CF exchange of mass that is caused by the interactions
between small and large bubbles.

Many chemical processes operate with a change in
the gas flow rate due to chemical reaction kinetics that
involves uneven numbers of reacted and produced
moles. Hence, to capture the effect of such conditions,
a proper reactor-scale model should account for the
change in the gas flow rate and consequently the change
in the gas holdup.23?* This need makes the model
numerically involved and difficult to solve. Most of the
reactor-scale models that account for the change in the
gas flow rate employ a simplified approach based on the
linear relationship between the gas flow rate and the
conversion.2> This approach can be applied only in some
limited cases.2* However, in most real industrial situ-
ations, such as FT synthesis, a more realistic approach
is needed. Accordingly, Rados et al.26 developed a
multicomponent, one-dimensional dynamic model for
churn-turbulent flow in SBC reactors where the change
in the gas flow rate due to the chemical reaction was
modeled using the overall gas mass balance. They
utilized the model to simulate FT synthesis in a SBC
where the gas phase chemically reacts and is reduced
in volume and flow. In this model, all of the variables,
including the gas velocity and gas holdup, are treated
as time- and space-dependent. This is unlike some of
the existing models that linearize the change in the gas
velocity and/or the gas holdup in space and time,622
where the gas velocity and/or the gas holdup are
algebraically calculated and updated between numerical
steps.

In the present work, the dynamic model developed
by Rados et al.26 has been utilized to study and compare
the performances of different SBC reactors operated
with expansion or contraction in the gas flow. Further-
more, analysis of the role of backmixing on the FT
synthesis performance is presented.

2. General Form of the Rados et al.26 Model

Rados et al.?6 divided the SBC flow structure into
three compartments (Figure 1), where each compart-
ment represents one of the three modeled phases: SB,
LB, and SL phases. Mass transfer between liquid and
gas phases is included. Interactions between SB and LB
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Figure 1. Schematic representation of the SBC reactor model.

are accounted for by the CF mass exchange. The
magnitude of these interactions is assumed to be finite
and directly proportional to the slip velocity between
the two gas phases (SB and LB). Axial dispersion is
considered in all of the three phases. In the gas phases,
the axial dispersion is caused by the interactions among
bubbles of the same class. In the liquid—slurry phase,
the axial dispersion is related to the liquid—slurry phase
backmixing. In the work by Rados et al.,26 the model
was presented in dimensionless forms. Hence, for
usefulness and completeness of the reported model
structure, the dimensional forms of the model are given
here.

The species mass balance in SB is expressed as
follows:

(espCsp) a(USBCSB )
ot g oz g _(ULB USB) (CSB,]
CSB,/' a3 8CSB,;
Cipy) — (kLa)SB,j(H_ej — Cpj) + 5 |eseBse —,
(D
The species mass balance in LB is expressed similarly:
NeppCrpy) | dUppClg))
9t =+ 9% - = —(Upp — USB) (CLB,;

Cys; d ICyp;
CSBJ) - (kLa’)LB,j( HeJ - CL,]) + 5 GLBELB _32 J
J

(2)

The species mass balance in liquid (L) is expressed as
follows:

a(GSLCL,/) aU SLCL,])
at 0z

Cig, Gl ICy,
(kLa)LBJ(CLJ' - H_eil) + & (ESLESL ?’J -
J

_(kLa)SB,, CL,; He. |~
J

The species mass balance on the surface of solids (S) is
given by eq 4. In eqs 1—4, the subscript j represents
the jth species of the chemical reaction. Chemical
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ksl]as(CLJ - CSJ) + GSLijRCS,l = 0 (4)

reaction occurs only on the surface of the solids and is
assumed to be first-order with respect to the reference
reactant concentration on the surface of the solids, Cg 1.
Thus,

jivjAj =0 (5)

For reactants, v; < 0, and for products, v; > 0.

In this work, the solids axial distribution is assumed
to be uniform. However, the addition of the SDM model
equation to account for nonuniform distribution is both
possible and straightforward because the SDM equation
is only weakly coupled with the rest of the model
equations. Given the particle size of below 50 ym that
is usually encountered in industrial slurry systems, the
intraparticle temperature and concentration profiles are
most often negligible. Therefore, the solids intraparticle
mass- and heat-transfer resistances are neglected.

Equation 4 for the solids-phase species mass balance
is solved for the solids surface concentration, which is
then substituted into the liquid-phase species mass
balance (eq 3). The species mass balance in the liquid
(slurry compartment) is considered for all of the n
chemical species. Species mass balance equations in SB
and LB compartments (eqs 1 and 2) are expressed for n
— 1 species. The concentrations of the remaining species
in these compartments are calculated from the overall
momentum balance equation:

" n P + eg p518(Hp — 2)
Co=)Csp;= )Cip,= (6)
2,0mi= 2,Cuns %

The local pressure is calculated as the summation of
the reactor inlet pressure and the static head pressure.

The change in the gas flow rate is calculated from the
overall gas mass balance equation that includes both
SB and LB:

aegCq)  AUGC) " Csg,
+ —

==Y (kpa)sp,|—— —
ot o2 A He,

n CLB,/'

iais | — — Cpi| (7
];( La)LB’](Hej Lj (7

The total gas holdup and the holdups and velocities of
the two bubble classes (SB and LB) are dependent on
the superficial gas velocity (SGV) and the physical
properties of the system. Therefore, they are treated as
time and space (axial) dependent. Holdups and velocities
of the two bubble classes are calculated using the two-
bubble-class hydrodynamic model of Krishna and El-
lenberger,?” which is summarized in Table 1.
Two-bubble-class models add more physics to the
modeled representation of the gas flow. The assumption
that all of the gas volume is present only in the form of
small bubbles may lead (when the process is gas—liquid
mass-transfer controlled) to the overestimation of con-
version, because of the much larger area that is avail-
able for the gas—liquid mass transfer. However, if one
accounts for the two bubble classes but does not account
for the bubble—bubble interactions (CF in the present
model), the calculated conversion may be lower than the

Table 1. Hydrodynamic Model®27

erp = 0.994 /B3%EVSB

0.12

Urr = Vsgerr(1 — €TR)

1 oL
Vep =584 o
(U — Une )5
ep= O.268GDT§R Uws = U — Uss

€SB = €G — €LB

Usp = Vspess
€g = eL t etr(1l — €LB)

8;_?3 =Q % ala]gLB = (1 + Vperp@) %‘v
BE_Z:B o % %SSB = —VgpergQ2 %
2;6_; —H T % Q= 0155%;}#%
af=torz.

actual. The large amount of gas that is present in LB
in this case practically bypasses the reactor because the
unit volume area available for the LB—liquid (L) mass
transfer is much lower than that for the SB—L mass
transfer.

The change in temperature is calculated from the
slurry-phase energy balance.

a( USLh SL) -

degr hgr)
SLSL 4 = —hyaw(T — Ty) +

ot 0z

9 B
% ('ESLjvSL 5 - GSLV1kRCs,1(_AHR) (8)

All liquid—solid interfacial heat-transfer resistances are
neglected. The slurry phase is assumed to be in thermal
equilibrium with the gas phases. Because of high-
intensity mixing in churn-turbulent SBCs, these as-
sumptions are justified. In addition, the enthalpy of
phase change (evaporation/condensation) is also ne-
glected. For example, even for a highly exothermic FT
process, the error in the overall enthalpy balance from
neglecting the thermal effects of the phase change is
estimated at a maximum of 10—15%. This is considered
small compared to, for example, the uncertainty in the
prediction of gas holdup or axial dispersion coefficient
using the open literature correlations. Equations 1—8
are combined with the holdup and velocity time and
axial derivatives found in Table 1.

All of the terms that are not listed in the model
equations are neglected because they give negligible
values based on a magnitude sensitivity analysis. The
CF parameter, K, has been estimated using one-
dimensional cold-flow steady-state parameter analysis.
On the basis of such an analysis and on the lack of a
more reliable estimate, the value is kept at 5, which
gives moderate extent of SB—LB interactions.

The initial conditions are consistent with the bound-
ary conditions. SB and LB species concentrations are
set to the inlet values of the gas species concentra-
tions. Gas at the reactor inlet contains only reactants.
Initially and at the reactor inlet, liquid is assumed to
be saturated with the gas phase. The boundary condi-
tions are of the Danckwerts type and are presented in
Table 2.

The model yields a system of 3n partial differential
equations (PDEs) that are solved in dimensionless



Table 2. Initial and Boundary Conditions

initial condition reactor inlet reactor outlet

t=0) (z=0) (z =Hp)

Cse; = Cco, espEsp (0Csp,j/0z) = dCsg,j/dz = 0
USBCSB,/' - USBOCGO,;'

Cip,j = Coo,i eLgE1B (0C1B/02) = dC1B oz =0
U1sCiB,; — UreoCao,

Cr; = Cco/Heo; esiEsL (3CL/0z) = 9Cj/oz = 0
Ust.CL,;j — UsL(Cqo/Heo,)

T="T, estAst (0T/0z) = aT/oz =0
Usthst, — Usphsro

Uc = Ucgo Uc = Ugo

form26 using the freeware collocation software PDE-
COL.28 For characterizing the processes that involve
expansion or contraction of the gas phase, linear kinetic
rates involving two chemical species (A and P) are used,
which give a system of six PDEs. However, for modeling
FT synthesis,6 four chemical species (Hs, CO, Hy0, and
a pseudoproduct) were considered, which resulted in a
system of 12 PDEs.

3. Simulation of Reacting Slurry Systems with
Expansion or Contraction of the Gas Phase

Two chemical reaction slurry systems with first-order
kinetics are used to characterize the reactor perfor-
mance and experienced a change in the gas-phase
volume due to the reaction. The first system is charac-
terized by contraction of the gas phase, A — 0.5P, while
the second system is characterized by expansion of the
gas phase, A — 1.5P. Dimensionless groups2® are kept
constant at values calculated from the correlations given
by Mills et al.® for the FT SBC reactor. The operating
conditions and geometry of the reactor are also in
accordance with those used by Mills et al.® The model
of Rados et al.?8 is used in this work to analyze the
performance for these two reacting systems under
various operating conditions. Figures 2 and 3 show (a)
the transient solution profiles (dimensionless SGV,
temperature, and species phase concentrations) at the
reactor outlet and (b) the axial solution profiles at the
steady-state operation for the two studied slurry sys-
tems. Reactor operation is found to be nearly isothermal
for both kinetics. This is expected because one of the
advantages of SBC reactors is a good heat-transfer rate.
The SGV decreases with time and along the reactor in
the gas contraction kinetics case (Figure 2). The SGV
increases with time and along the reactor in the gas
expansion kinetics case (Figure 3). The predicted change
in SGV is expected and is qualitatively in agreement
with the predictions of other models (e.g., ref 6).

The concentration of the gas reactant is smaller in
SB than in LB because of the larger interfacial area that
is available for mass transfer between SB and L. Mass
transfer of the reactant from LB into the liquid phase
becomes pronounced only at relatively low concentra-
tions of reactant in SB. This transfer either is direct
LB—L mass transfer or occurs indirectly through SB—
LB CF bubble interactions followed by the SB—L mass
transfer. The reactant conversion

UsgCspa T UrpCrpa + UsiCpa
UsoCooa T Usi.Croa

X, =1- 9)

is lower with the expansion of gas (Figure 3) because
in this case the gas velocity increases along the reactor,
reducing the mean residence time. In the case of
contraction kinetics, the small local minimum of the
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Figure 2. Time (a) and axial (b) profiles for the kinetics with gas
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0.05 m.

SGV transient profile is a consequence of the selected
Henry’s constants, i.e., solubilities (Hey = 4 and Hep =
4). Because of its relatively low Henry’s constant, the
product cannot transfer fast enough into the gas phase
to compensate for the lost reactant from the gas phase.
As can be seen from Figure 4, this minimum does not
exist in cases with higher Henry’s constants of the
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Figure 5. Effect of the gas and slurry superficial velocity on the
reactant conversion. Hp = 5.00 m, and D = 0.05 m.

product (Hep = 4 and Hep = 8). If the Henry’s constant
of the reactant is increased (Hep = 8), the conversion
drops because of the lower mass transfer of the reactant
in the liquid phase.

The time profile of the SGV is very much dependent
on the hydrodynamics and mass-transfer models used.
The applied two-bubble-class model is not time-depend-
ent, meaning that any change in the gas holdup im-
mediately causes a change in the gas velocity. In reality,
because of inertia, there will always be some time lag,
causing the initial gas velocity time gradients to be
lower than those calculated.

The applied mass-transfer model is based on film
theory, causing the mass-transfer flux to be linearly
proportional to the driving force (concentration differ-
ence). However, this is not necessarily the case when
the driving force is large. Hence, an overestimated rate
of mass transfer also results in steeper initial gas
velocity time gradients (before the mass-transfer equi-
librium is established). From Figure 4, it can be seen
that a higher initial SGV time gradient causes a more
pronounced local SGV minimum. The same reasoning
is valid for the small local maximum of the SGV time
profile in systems with expansion of the gas phase
(Figure 3).

The gas conversion decreases with an increase in the
gas velocity because of the decrease in the residence
time of the reactants. The gas conversion also slightly
decreases with an increase in the slurry velocity, but
this effect is marginal compared to the effect of the gas
velocity (Figure 5). As expected, the gas conversion
increases with the reactor height because of the increase
in the residence time and decreases with an increase

0.8
0.7 ]
=
280 4=05P
204 :
s 0.3
<5 i —=D=005m, 4 - 0.5P
0.2 =—D=020m, 4 = 0.5P
0.1 ——D=005m, 4 - 15P
A—=15P -=D=020m, 4> 15P
0.0 '
0 2 4 6 8 10
Hy, m

Figure 6. Effect of the reactor height and diameter on the
reactant conversion. Ug = 0.10 m/s, and Ug, = 0.02 m/s.

in the reactor diameter because of the higher degree of
axial backmixing (Figure 6). The effect of the column
diameter is more pronounced in the case of gas-expand-
ing kinetics. This is a consequence of the correlations
that are used for calculating Peclet numbers.>¢ In these
correlations, Peg and Pegy, are nonlinear functions of the
column diameter and SGV. For example, Peg is propor-
tional to the cube of SGV. An increase in SGV of 20%
increases Peg by 72.8% in the expansion case, while the
same decrease in SGV in the contraction case decreases
Pec by 48.8%, an effect that is almost 1.5 times smaller.

The model of Rados et al.?8 calculates the change in
SGV from the total gas mass balance. This approach is
physically more justified than the widely used approach
based on the linear dependency between the conversion
and the gas flow rate, shown in eq 10 (e.g., ref 5).

Py
Ug= UGOFFO

(1+ oXy) (10)
Additionally, calculation of SGV using eq 10 requires
input of the contraction factor o.25 For complex reaction
kinetic schemes, oo must be a priori experimentally
determined. Stern et al.?* showed that eq 10 is valid
only for steady-state operation with no liquid—slurry
convection and no liquid—slurry backmixing. In other
words, in rare cases the only important terms in eq 3
are the gas—liquid and liquid—solid mass transfers, as
given in eq 11. The total gas mass balance presented in

CSB j C’LB j
(kLa)SBJ(CL,j - H_e;]) + (kLa)LB,]'(CL,j - HejJ =

eq 7 to calculate the change in the gas flow rate
indicates that such a change is affected by the gas—
liquid mass transfer, which is further affected by the
liquid—solid mass transfer and chemical reaction. This
approach does not require a priori knowledge of the
contraction factor. However, it requires calculation of
the concentrations of all gaseous species and is therefore
more numerically involved and computationally inten-
sive.

SGV directly affects the mean residence time and
reactor performance. Therefore, reliable calculation of
a change in SGV is vital for the proper prediction of the
reactor performance. The two approaches in calculating
a change in SGV (eqs 7 and 10) can to some extent be
indirectly compared. The SGV steady-state profile ob-
tained using the Rados et al.?6 model can be compared
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Figure 7. Comparison between steady-state SGV profiles pre-
dicted by the present model and calculated using eq 10 with the
model-predicted reactant conversion profiles. Ug = 0.10 m/s, UsgL,
= 0.02 m/s, Hp = 5.00 m, and D = 0.05 m (a) or 0.50 m (b).

with the SGV profile calculated using eq 10 and the
model-predicted conversion (eq 9). If the two profiles are
comparable, as in Figure 7a, then the predicted steady-
state SGV profiles using the Rados et al.26 model and
the linear model (eq 10) are also comparable. In the case
of a small reactor diameter, backmixing is negligible and
the reactor operation is close to the PF mode (Figure
7a, D = 0.05 m). The low slurry velocity of 0.02 m/s
suggests small slurry convection effects. Because all
three conditions (steady-state operation, no slurry con-
vection, and no backmixing effects)?* are reasonably well
achieved, the SGV predictions using the two approaches
are comparable. In similar manner, Figure 7b compares
two SGV profiles for a 0.50-m-diameter SBC reactor.
The backmixing in this reactor is much larger (Pegy, is
about 30 times larger), and consequently there is a
noticeable discrepancy between the two SGV profiles (up
to 13%, Figure 7b). From the above analysis, it is
obvious that the two often used assumptions, completely
mixed slurry and simplified linear dependency of SGV
on conversion (eq 10), are not compatible. In industrial
large-scale reactors, depending on the design param-
eters, backmixing can be considerable, and predictions
of SGV using the simplified approach may cause sig-
nificant errors.

4. Role of Backmixing on the Performance
Prediction of FT Synthesis

All of the published models of the FT process have
treated the solids and liquid as one pseudo-homoge-
neous slurry phase. The slurry phase is most often
modeled as a completely mixed tank®!213 or by using
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the ADM.56.1426 The gas phase has been traditionally
modeled as a single phase, in PF or with some axial
dispersion. In the past few years, several models that
treat the gas phase using the two-bubble-class approach
have been proposed. Using this approach, the SB phase
is modeled as completely mixed (as a slurry phase),
while the LB phase is modeled in the PF mode.12-13
Alternatively, both of the gas phases are modeled using
the ADM.142226 Table 3 summarizes the features in-
cluded in some of the models for a FT SBC reactor.

Rados et al.26 used hydrogen-controlled, first-order FT
synthesis kinetics in their model:

FT synthesis
_—

k
H, + 0.5CO 0.1C,H,, + 0.5H,0 (12)

All other side reactions (including water gas shift, WGS)
were neglected. They presented detailed simulation
results: the transient profiles at the reactor outlet and
the steady-state operation axial profiles for two different
inlet ratios (I = 0.5, hydrogen lean, and I = 2.0,
stoichiometric syngas composition) and two different
reactor diameters (D = 0.05 and 0.50 m). In the present
work, additional analyses have been conducted using
the model of Rados et al.26 to demonstrate the role of
backmixing on the prediction of the FT SBC reactor
performance.

Tables 4—6 summarize the effect of backmixing on
the performance predictions of FT SBC reactors with
diameters of 0.05, 0.5, and 2.0 m, respectively. The
performance predictions using the Rados et al.26 com-
partmental model (SB, LB, and SL compartments or
phases are modeled using ADM) are compared with the
performance predictions obtained using several combi-
nations of ideal reactor models for these compartments
in which the phase backmixing is assumed to be either
complete (CST mode) or negligible (PF mode). PF and
CST modes are simulated by setting the value of the
axial dispersion coefficient in the model of Rados et al.26
to 0 and o, respectively. Because the 0.05-m-diameter
reactor exhibits small backmixing, the full PF model
(full PF means all compartments are modeled using PF)
matches well the conversion obtained using the full
ADM model (error < 1%), while the other combinations
of ideal reactor models mismatch the conversion with
error > 8%. For the intermediate 0.50-m-diameter
reactor, the full PF model and the reactor with G-PF
and SL-CST models approach the full ADM model
within 5% (Table 5). For the 2.0-m-diameter reactor,
which had the lowest aspect ratio and the largest extent
of backmixing of all of the reactor sizes used, the G-PF,
SL-CST, LB-PF, SB-CST, and SL-CST models approach
the full ADM model conversion within 5% (Table 6).
Obviously, the conversion of the full ADM model can
be fairly matched with some combinations of the ideal
reactor modes. However, the best combination of the
ideal reactor modes depends on the reactor diameter,
i.e., on the extent of actual backmixing. Thus, one would
need to a priori estimate the extent of backmixing based
on the column diameter and other parameters. The
often used full CST model is about 7% off in matching
the conversion of the full ADM model, even in the 2.0-
m-diameter reactor. For all considered reactor diameters
(0.05, 0.50, and 2.0 m and larger), the mismatch in the
predicted conversions using full PF models (SB, LB, and
SL in the PF mode) and full CST models (SB, LB, and
SL in the CST mode) is about 20%. For this set of
operating and inlet conditions, 20% is also the maximum
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Table 3. Summary of Some of the FT SBC Reactor Models

phase degree gas velocity solids energy steady-state
model kinetics species of mixing profile profile balance model
Rados et al.26 FTS, 1st Hy, CO, COq, SB, LB, SL-ADM computed uniform  yes dynamic
product
de Swart and FTS, 1st H, SB-CST or PF, linear AX,0) SDM yes dynamic
Krishna?? LB-PF, SL-CST
van der Laan et al.1¥ FTS,L-H Hsy, CO SB-CST linear AX,a) uniform yes yes
WGS, L-H H0, COy LB-PF
n products SL-CST
Maretto and FTS, L-H H,, CO SB-CST, LB-PF, uniform uniform isothermal yes
Krishnal? SL-CST
Mills et al.b FTS, 1st H G-ADM, SL-ADM linear AAX,a) SDM yes yes
Leib et al.2! FTS, 1st Hy G-MCM, L-MCM linear AAX,0) uniform isothermal yes
Prakash?? FTS,L-H H,y, CO, HyO0,CO; G-ADM overall gas MB SDM yes yes
WGS, L-H SL-ADM
Turner and FTS, 1st Ho G-MCM, L-MCM, linear AX,0) SDM yes yes
Mills2? G-ADM, L-ADM
Kuo30 FTS,L-H H,, CO, H;0, CO; G-PF linear AX,a) uniform isothermal yes
WGS, L-H SL-PF, CST or ADM
Stern et al.24 FTS, 1st H,, CO G-ADM overall gas MB SDM isothermal yes
WGS, 2nd  H20, COq, C,H,, SL-ADM
Bukur$® FTS, 1st H G-PF, SL-CST linear AAX,a) uniform isothermal yes
Deckwer et al.5 FTS, 1st Hy G-ADM, SL-ADM linear AAX,0) SDM isothermal yes

@ 1st = first order, 2nd = second order, L—H = Langmuir—Hinshelwood reaction kinetics.

Table 4. Effect of the Backmixing Extent for the
0.05-m-Diameter Reactor®

run no. SB LB SL Xu, error, %
1 CST CST CST 0.445 —-17.7
2 CST PF CST 0.454 -16.1
3 PF PF CST 0.496 -8.3
4 ADM ADM ADM 0.541
5 PF PF PF 0.542 +0.2

a] =20, Ug = 0.10 m/s, Us, = 0.02 m/s, and Hp = 5.00 m.

Table 5. Effect of the Backmixing Extent for the
0.50-m-Diameter Reactor®

run no. SB LB SL Xu, error, %
1 CST CST CST 0.450 —14.6
2 CST PF CST 0.461 —-12.5
3 PF PF CST 0.503 —4.6
4 ADM ADM ADM 0.527
5 PF PF PF 0.554 +5.1

@] =20, Ug = 0.10 m/s, Ugt, = 0.02 m/s, and Hp = 5.00 m.

Table 6. Effect of the Backmixing Extent for the
2.0-m-Diameter Reactor®

run no. SB LB SL X2 error, %
1 CST CST CST 0.454 —6.8
2 CST PF CST 0.466 —4.3
3 ADM ADM ADM 0.487
4 PF PF CST 0.509 +4.5
5 PF PF PF 0.560 +15.0

e =20, Ug=0.10 m/s, Us, = 0.02 m/s, and Hp = 5.00 m.

possible error in predicting conversion when the ideal
reactor modes for different phases are not well selected.

However, the maximum error in the predicted con-
version could be larger than 20% if the considered
reaction order is larger than 1. This is because an
increase in the reaction order increases conversion in
the fully PF reactor and decreases conversion in the
fully CST reactor. In the present FT SBC reactor case
study, first-order kinetics is assumed. This assumption
is shown to be valid when hydrogen conversion is below
60%,%! as in the present study. When conversion in-
creases above 60%, the adsorption term of the Lang-
muir—Hinshelwood kinetics becomes increasingly im-
portant, and hence the order of the reaction with respect

to carbon monoxide is no longer 0, and the overall order
of the reaction becomes larger than 1. Hence, the
assumption that the FT reaction order is 1 does not hold
at conversions above 60%, and additionally, it increases
the mismatch in the predicted conversion to more than
20%, when the ideal reactor modes for the three phases
are not properly selected.

Unfortunately, just matching the conversion is not a
proof that the two models with different combinations
of backmixing modes predict the same concentration
profiles. For example, in the case of the 0.50-m-diameter
reactor, although the full ADM model conversion is
matched within 5% using the full PF model, the steady-
state axial concentration profiles are quite different for
the two models (compare Figure 8b of this study with
Figure 4 from Rados et al.26). Moreover, the ADM-
predicted concentration profiles are definitely not com-
pletely invariant with the axial distance, as the full CST
model predicts (Figure 8a).

Although Tables 4—6 show that the full ADM model
is more versatile than the ideal reactor modeling ap-
proach, it is known that proper predictions of ADM rely
on the accuracy of the correlations used for Peclet
number calculations in different phases. Often these
correlations are not accurate or are not existent, which
makes the predictions of the ADM model question-
able. In this case, the ideal reactor model consisting
of G-PF and SL-CST (or G-PF and SL-PF for very
slender reactors) or the tank-in-series model would be
considered.

5. Summary

The dynamic and compartmental-based SBC reactor-
scale model of Rados et al.26 has been utilized to assess
the reactor performance when the gas volume changes
along the reactor (i.e., contraction or expansion). The
change in the gas flow rate caused by the chemical
reaction is calculated using the overall gas mass bal-
ance, where all of the relevant gaseous chemical species
are accounted for. This approach is shown to be more
realistic and appropriate than the commonly used
approach based on the linear relationship between the
conversion and SGV.
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Figure 8. FT steady-state axial profiles using the full CST model
(a, Xu, = 0.450) and full PF model (b, Xu, = 0.554). I = 2.0, Ug =
0.10 m/s, Ugst, = 0.02 m/s, Hp = 5.00 m, and D = 0.50 m.

The model predictions have been demonstrated using
general first-order kinetics in SBC reactors with expan-
sion and contraction of the gas phase. Additionally, the
effect of backmixing on the performance of various FT
SBC reactor sizes has been analyzed and discussed.
Significant differences in the model predictions for SBC
reactors of the three different diameters used have been
found when a change in the gas flow rate has not been
properly modeled and/or when the axial dispersion has
not been properly accounted for. These differences are
expected to be larger in cases when the reaction order
is higher than 1.

Utilization of the full ADM approach to model the
backmixing in the three compartments of the model is
shown to be more versatile than the approach using a
combination of the two ideal reactor modes (PF and
CST). If the Peclet number correlations are inaccurate
or are not existent, modeling of the gas phase should
be attempted in the PF mode. The slurry phase could
be considered either in the PF mode for narrow reactors,
in the CST mode for large-diameter reactors, or in the
general case as several CST compartments in series.
The ideal reactor-scale model in which all three phases
are in the CST mode (i.e., full CST model) should be
avoided. Compared to the predictions of the full ADM
model, the full CST model underpredicts the conversion,
even for the large-diameter reactors (2.0 m and larger).

Notation

aw = cooling surface unit volume area, myw%*mg;?
B = Reilly’s constant: 3.84

¢ = dimensionless concentration: C/Cgo

C = concentration, mol/m3

D = reactor diameter, m

E = axial dispersion coefficient, m?/s

g = gravity: 9.80 m/s?

h = enthalpy, J/m3
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Hp = reactor dynamic height, m

He = Henry’s solubility constant, mg;?/mg?

AHpy = reaction heat, J/mol

hw = cooling surface convective heat-transfer coefficient,
J/m?-K-s

I = FT reactor inlet ratio: cmu,0/cco,o

k = chemical reaction rate coefficient, 1/s

K = bubble—bubble dimensionless interaction cross-flow
coefficient

kra = mass-transfer coefficient, 1/s

n = total number of chemical species considered in a
modeled chemical process

N = number of continuously stirred tanks in the cascade
(MCM model)

P = pressure, Pa

Pe; = Peclet number of the phase i: U, Hp/E;

R = ideal gas constant: 8.314 J/mol-K

t = time, s

T = temperature, K

u = dimensionless superficial velocity: U/Ugo

U = superficial velocity, m/s

V = bubble rise velocity, m/s

x = dimensionless axial position: z/Hp

X, = conversion of the species j

z = axial position, m

Greek Letters

o = contraction factor

€ = phase holdup, mphase®/Mreactor®

A = heat conductivity, J/m-K-s

v; = stoichiometric coefficient of the jth species
p = density, kg/m?

o = surface tension, kg/m-s

7 = dimensionless time: tUgy/Hc

Q = parameter defined in Table 1

Subscripts

0 = inlet of the reactor

1 = reference reactant

G = gas phase

i = phase denominator

J = chemical species denominator

L = liquid phase

LB = large bubbles

S = solids

SB = small bubbles

SL = slurry phase

TR = gas at the point of bubbly to churn-turbulent flow
transition

W = wall
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